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flow heat transfer 

V. V. KLIMENKO 
Cryogenics Department, Moscow Power Engineering Institute, 105835, Moscow, U.S.S.R. 

Abstract-A generalized correlation for forced convection vaporization heat transfer is suggested which is 
valid for both vertical and horizontal channels with a fully wetted perimeter. It represents, with a mean 
absolute deviation of 12.9%, experimental data for nine different fluids (water, freons, cryogens) in the 
following main parameter ranges : pressure 0.61-30.4 bar, mass flow rate SO-2690 kg me2 s-‘, vapour 
quality 0.017-1.00, channel diameters 1.6341.3 mm. The vaporization heat transfer rate is found to depend 
on the thermal conductivity of channel wall material. A universal criterion for convective boiling is 
suggested which determines the dominant mode of heat transfer of the two main ones: nucleate boiling 
or evaporation. Recommendations for calculating heat transfer to a two-phase flow in the presence of both 

heat transfer mechanisms are given. 

INTRODUCTION 

IT MAY be considered as an established fact at present 
that two main mechanisms participate in the trans- 
mission of heat in two-phase forced flow in a channel, 
one of which, nucleate boiling, is characterized by the 
presence of active nucleation sites on the heated wall 
and by a strong dependence of 01 on q, much the same 
as in pool boiling. The other mode of heat transfer, 
in which active sites are fully suppressed and heat is 
transferred by evaporation from the boundary 
between a liquid film and a vapour core, is called 
forced convection vaporization (convective boiling, 
two-phase forced convection). In the vapo~zation 
region, heat transfer does not depend on q and is 
governed in the main by the mass flow rate and vapour 
quality. This paper deals predominantly with- the 
investigation of the latter heat transfer mechanism 
and determination of its boundaries. 

Convective boiling is of great interest for those 
fields of engin~~ng where it is required to remove 
high heat fluxes at extremely small wall-liquid tem- 
perature differences. Heat transfer coefficients in this 
region can exceed several times the values of a attain- 
able in such a high-intensity process as nucleate 
boiling. Therefore, it is of great practical significance 
to have well-founded design reco~en~tions which 
would allow this process to be calculated with a high 
degree of accuracy. 

PREVIOUS STUDIES 

More than 30 years have passed since the first men- 
tion was made about the existence of a purely con- 
vective mode of heat transfer in a high-speed two- 
phase flow [l, 21, and all this time the relevant litera- 
ture was not short of various kinds of attempts at 
experimental data correlation. Excellent surveys of 

these correlations, pertaining mainly to steam-water 
flows, can be found in refs. [3, 41. In this paper only 
some of these correlations [>9] will be presented 
which, in principle, allow calculation of heat transfer 
of any evaporating liquid and which have been con- 
firmed by a fairly large number of experimenta data. 
The correlation proposed by Chen [S] and repeatedly 
modified by him [lo, 1 I] ranks among the most suit- 
able suggestions. It is written in the form 

c1 = a,,F+a,S. (1) 

It is assumed that the convection term can be found 
from the Dittus-Boelter equation 

arc = 0.02312eF8 Prp” $ (2) 

irrespective of the flow regime determined by the 
single-phase Reynolds number. The parameter F 
has a purely hydrodynamic nature ; it takes into 
account the e~an~ement of heat transfer due to an 
increase in the vapour quality (mixture velocity). 
The boiling term was calculated from the Forster- 
Zuber pool boiling equation the dimensional form 
of which is 

where Ap is the difference in saturation pressures 
which corresponds to AT. The parameter S in equa- 
tion (1) takes into account the nucleate boiling 
suppression by forced convection because of the 
reduction in the thermal boundary layer thickness 
and, correspondingly, worsening of the conditions for 
the growth of vapour bubbles. Equation (1) correlates 
seledted data on heat transfer to steam-water flows, 
organic fluids and freons, thus allowing many authors 
to recommend it as an engineering correlation [3, 12]. 

541 
San 31:3-r 



542 V. V. KLIMENKO 

NOMENCLATURE 

a thermal diffusivity X quality (relative enthalpy) 

A r Archimedes number, (gb3/&i(PI - pJ -K’ reciprocal Martinelli parameter, 

b Laplace constant, J(a/g(p, - pJ) (x/( 1 - ~))“~9(~,/~“)o~s(K/I”I)0.‘. 
Bo boiling number, q/rG 

Bo, modified boiling number, 

@G/q) 11 + x(P,/P~ - 1)l Greek symbols 

CP 
specific heat at constant pressure 

d channel diameter f 
heat transfer coefficient 
thermal conductivity ; Schicht’s map 

Fr, Froude number, w,,,/J@d) parameter 

9 body force acceleration p dynamic viscosity 

G total mass flow rate V kinematic viscosity 

K, dimensionless parameter, P density 

P/&&l -PJ) surface tension 

K, dimensionless parameter, r/cplTs ; Schicht’s map parameter. 
I channel length 
N CR convective boiling number defined by 

equation (34) Subscripts 
NU Nusselt number, crb/l, b boiling 

P pressure C two-phase forced convection 

Pc, modified Peclet number, qb/rp,a, (vaporization) 

Pr Prandtl number, &A cal calculated 

4 heat flux density cr critical 
r latent heat of vaporization eq equivalent 

Re, modified Reynolds number, qb/rp,v, exp experimental 

Rcf superficial Reynolds number, FC single-phase forced convection 

G( 1 - W/p, 1 liquid at saturation 

Re, Reynolds number of mixture, w,b/v, m mixture 
T temperature saturation 
AT temperature difference, T, - T, ;P two-phase 

W, two-phase mixture velocity, V vapour at saturation 

(G/p,) 11 + x(P,/P~ - 111 W wall. 

Some authors believe [3] that the impressive accuracy 
(mean deviation of measurements from theory is less 
than 12%) achieved with the aid of Chen’s equation 
can be attributed to the adequacy of the physical 
model. However, there are good reasons to offer more 
prosaic explanations, i.e. (1) the scarcity of exper- 
imental data used ; (2) the application of the graphical 
method of correlation, which, from the viewpoint of 
the accuracy, is undoubtedly superior to analytical 
methods and especially to the common means of cor- 
relation based on simple power-law relations ; (3) the 
fortunate choice of the relationship for nucleate boil- 
ing. Here, it is implied that the Forster-Zub-er equa- 
tion predicts the function clb _ q”.’ which is markedly 
weaker than those predicted by the majority of other 
pool boiling relations, but, as shown in refs. [9, 131 it 
fits precisely the case of forced convection boiling. 

In 1976 Shah suggested [6] a graphical correlation 
which could successfully represent experimental data 
on water, freons, ammonia, hydrocarbons from 18 
independent literature sources-more than 90% of 
780 experimental points were found to be in the 
+30% range. It should be noted, however, that an 

attempt to apply this correlation to the data on cryo- 
genic liquids were not successful [ 141. 

In ref. [7l, an extended version of Rohsenow’s well- 
known interpolation formula is given which, in the 
author’s opinion, is valid for both nucleate and con- 
vective boiling regions. When x>O.O5, this formula 
has the following form : 

where ATib is the temperature difference at the start 
of boiling ; the convective component can be found 
from 

qc = 
Re?’ PrlF1 (&)A AT. 

W 

Here F, and Fl are the functions of the Martinelli 
parameter and of the Prandtl and Reynolds numbers. 
The quantity qb can be calculated from Mikic- 
Rohsenow’s equation [ 151 
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where BM is a dimensional constant being individual 
for every liquid. From comparison with a limited body 
of data on water Bjorge ef al. [7] inferred that their 
correlation was more accurate than that of Chen 
because it gave a mean deviation of 15%, as against 
17.4% in Chen’s correlation. It is felt that this infer- 
ence is not quite reasonable in a situation when the 
quantity of works on steam-water flow heat transfer 
considerably exceeds the number of publications (six) 
which were used by Bjorge Ed ai. [?f for correlation. 
htforeover, equation (6) for qb contains the dimen- 
sional constant gM the value of which is known only 
for water. This restricts the applicability of the cor- 
relation only to steam-water flows. 

Styushin [S] suggested a system of criteria which is 
mainly made up of similarity numbers that charac- 
terize the process of liquid pool boiling and which is 
augmented with 30 based on the mixture velocity. I-It: 
believes that heat transfer in the region of developed 
nucleate boiling can be found from 

Sb(Kb)-“3= l*ZS&‘(Pe;)- “3JQ5 (7) 

where 

Bo’=cf; 
rP,%n 

p+Q. iT 
vw~ id > -ii‘ 

Equation (7) is valid when 

M=Bo’(Pe:)-“3*5 3 0.3 x 10-5 

i.e. when heat transfer is governed entirely by the 
mechanism of nucleate boiling. With a decrease of M 
below the given value above there occurs a transition 
to the vaporization region, where the mass flow rate 
and the quality begin to be important and then 

Sf(rP)-“3 =2 x 10-3[~o’fPe;)-“~3iyp.S]“5. (8) 

Equation (8) is based on the data of only two pub- 
lications [ 16,171 and has a very essential shortcoming, 
because it predicts rather a strong dependence of the 
heat transfer coefficient on heat flux in the region of 
convective boiling a-$/’ in disagreement with the 
available experimental data according to which 
tl =const.(& [I 8-201. 

Finally, in ref. [9] the following correlation was 
suggested which was based solely on the data for 
cryogenic fluids 

Nr# 

i 

1 for&, < 7x IO4 
K = ~.~~8~0~ for So, > 7 x 104 (9) 

where 

Nub=7.4 x 10-“Peo;6ti<s Pr;“3(X,/rZJ0.‘5. (10) 

In the purely convective boiling region (Be, > 7 x 104) 
this equation is based on the data taken from four 

independent sources on heat transfer with neon [19] 
and nitrogen [21-231 two-phase flows. Its dis- 
tinguishing feature is that it predicts an increase in the 
heat transfer rate with the thermal conductivity of the 
channel wall material. The existence of the e&t was 
confirmed by special experiments far both nucleate 
boiling [24] and forced convection vaporization [2.5]. 

A more detailed analysis of the available predicting 
techniques was not the aim of the present inves- 
tigation Instead of it, in what follows comparison 
will be made between the available data on forced 
convection vaporization of different liquids and cor- 
relations will be given. 

DEVELOPMENT OF CURRELRflON 

In a general case the heat transfer of a two-phase 
channel Aow depends on a great number of different 
factors: heat flux, pressure, mass flow rate, quality, 
thermal properties of liquid and wall material, and 
channel geometry. This fact, together with a great 
number of different two-phase non-adiabatic Sow pat- 
terns, hinders the const~~tion of an adequate physi- 
cal model of the process. However, by introducing 
reasonable physical abstractions it is possible to 
greatly simplify the problem and to obtain quite 
acceptable results. 

Since the present analysis applies primarily to the 
region of evaporation, it wiIt be assumed that the heat 
transfer coefficient is independent of the heat flux. 
This fact was observed by many researchers [l, 2 ,18- 
201 and is hardly questionable. It will also be assumed 
that a is independent of the channel diameter. This 
assumption is more open to question, though there 
has also been experimental evidence of this 125271. 
The problem will be returned to at the end of the 
paper, but for the present it is sufficient to note that 
no appreciable influence of d has been observed in 
experiments, except for the very well-known work of 
Chawla [28] in which it was shown that an increase in 
the diameter of a horizontal channel resubed in the 
flow strati~~t~o~ and corresponding decrease of CE, 

The main regime parameters that determine the 
vaporization heat transfer are the mass flow rate and 
vapour quality. The effect of each of these was deter- 
mined by appiying the Dolphy technique consisting 
in the collection and generalization of closed expert 
assessments. These were taken to be the results 
obtained experimentally by eight groups of authors 
and approximated here in the form of power-law 
relations a - G”‘lx+. Then, it turned out that 
m, = 0.61 for all the data or m, = 0.60 when only the 
data for vertical channels were taken into account. 
Thus, the mean exponent at the quantity G turns out 
to be much smaller than for turbulent single-phase 
convection, being in disagreement with the majority 
of available correlations based on the Dittus-Boelter 
equation where ml = 0.80. Experimental data of the 
eight groups of authors gave m2 = 0.51 and 0.58 for 
vertical channels only. This aflows an inference that 
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G and x influence the heat transfer coefficient nearly 
to the same extent, thereby indicating that essential 
for the process is the product of these two quantities. 
To this conclusion there corresponds fairly well the 
model of homogeneous two-phase mixture flow in 
which the governing parameter is the mixture velocity 

Will =~~l+x(~,lp,-l)1. (11) 

The choice of the mixture velocity as the main par- 
ameter also accounts for the fact that the measured 
function a(x) is always somewhat weaker than a(G). 
The reason is that at small values of x and pi/p” the 
deviation of the function a(x) from a simple power law 
makes itself felt appreciably because of the com- 
mensurability of both terms in square brackets of 
equation (11). The above arguments allow the fol- 
lowing heat transfer relation to be written within the 
framework of the homogeneous model : 

Nu, = c, Ret6 P$‘. (12) 

Since it has been assumed that tl # cr(d), the centre of 
gravity of the solution is carried over to the selection 
of the characteristic linear dimension. Taking into 
consideration that the most probable two-phase mix- 
ture flow regime in convective boiling is a dispersed- 
annular one, two possible versions of this choice can 
be considered in the order of increasing x. 

In subregime I there is a rather thick liquid film 
with intensive wave formation on the interface in 
response to the interaction with the flow vapour core 
[29]. In this case the critical length of the instability 
wave, and also the wave amplitude, at which the crest 
of the wave breaks up into droplets, turn out to be 
proportional to the Laplace constant b, which thus 
can be taken as the characteristic linear dimension. 

As x increases, there occurs the transition to sub- 
regime II characterized by a thin film with a smooth 
interface. There occurs a sudden decrease in friction 
losses also, but the heat transfer coefficient continues 
to increase with vapour quality. This clearly attests to 
the fact that, in contrast to a single-phase flow, the 
coupling between the flow and heat-transfer modes in 
a two-phase flow is not a unique one and, conse- 
quently, the boundaries of these modes can be dis- 
placed relative to each other. In this subregime the 
smooth film thickness is determined by the interaction 
of gravity and viscosity forces which is characterized 
by the following linear scale : 

(13) 

Thus, remaining within the framework of the 
homogeneous model, it is possible to assume that heat 
transfer will be described by the following relation : 

for subregime I 

Nu, = c, Rei” Pr,‘13 ; (14) 

for subregime II 

Nu,. = cr Rek$ Pr:” 

(here the asterisk means that 6, is 

(15) 

taken to be the 
characteristic dimension). For practical purposes it is 
undoubtedly more convenient to use a single 
equation, the more so that the experiment does not 
detect any changes in heat transfer trends during the 
transition from one subregime to the other. Equation 
(15) can be reduced to the form 

Nu, = Nu,(Re,, Pr,). 

For this, multiply both sides by b/b., = Arli3 to obtain 

Nu c = c2 ReQ,6 Pr,‘13 A?“. In (16) 

Now, using Cooper’s invariant equations [30] in the 
form suggested in ref. [3 l] 

Ar-Pr;. 2-(&J” (,>_“‘*’ (17) 

It should also be taken into account that the two- 
phase forced convection regime occurs only at low 
reduced pressures for which 

PI_ PO’. 
PI--P” p 

(19) 

Solving the system of equations (17)-(19) for Ar and 
eliminating Kp and pi/p,-pV, it is possible to obtain 
that 

Ar w pr,e2.65 fi 
-0.307 

0 . 
PI 

The substitution of equation (20) into equation (16) 
yields the following relation for subregime II : 

Nu, - Rell;” Pr;“.“2 (p,/pJ -‘.04 (21) 

or, neglecting the factors that have small powers 

Nu, = c3 Rek6. 

A very interesting result was obtained: heat transfer 
in the smooth thin film subregime is independent of 
Prandtl number. Moreover, comparison of equations 
(14) and (22) demonstrates that with transition from 
a wavy to a smooth film the structure of solution 
changes little, the change consisting in a decrease of 
the exponent of Pr, from l/3 to 0. It may be presumed 
that, based on the mean exponent, the correlation will 
fairly well represent the entire region of convective 
boiling which includes both subregimes, i.e. 

Nu, = cd Rei6 Pr,““. (23) 

It is clear that for heat transfer to be more accurately 
calculated, it is necessary to take into account, at least, 
two other important factors. First, it is the difference 
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between the real two-phase flow and its rather rough 
homogeneous model. This implies that the constant in 
equation (23) should be the function of the parameter 
which takes into account the interaction of both 
phases. Such a parameter may be represented, for 
instance, by the density ratio pV/p,. Second, as has 
been noted earlier [9,13], the intensity of heat transfer 
during evaporation, just as during nucleate boiling, 
also depends on the thermal properties of the heated 
wall. This effect can be taken into account by means 
of the 1,/L, ratio. 

By representing the correlating equation in the tra- 
ditional form of the product of power functions, the 
task is reduced to the determination of n, and n2 in 
the relation 

Nu, = cJ Re:6 Pr,“6(p,/p,)“l (&,/A,)“2 

on the basis of comparison with experimental 
given in Table 1. The use of the conventional 
cedure will eventually yield 

Nu, = 0.087ReL6 Pr,““(pV/p,)0~2 (l,/,l,)“~@‘. 

(24) 

data 
pro- 

(25) 

COMPARISON WITH EXPERIMENTAL DATA 

Correlation (25) was constructed on the basis of 
forced convection vaporization data for nine different 
fluids (water, freons, cryogens) in different flow 
regimes (exclusive of stratification) in vertical and 
horizontal channels. In the latter case the flow pat- 
terns were identified with the aid of Schicht’s map 
[Sl] modified by the present author on the basis of the 
data of Steiner and Schhinder [52] (Fig. 1). However, 
whenever the data of visual observations or measure- 
ments of the local (circumferential) heat transfer 
coefficient were available, which allowed the inference 
about the flow pattern, these were given preference. 
It should be emphasized that comparison of adiabatic 
flow pattern maps with the results of observation of 
diabatic flows reveals that the transition to the latter 
causes a noticeable expansion of the stratified flow 
pattern boundaries. In the author’s opinion, it is quite 
natural, since the presence of active vaporization sites 
on the wall of the heated channel and an increased 
instability of the liquid-vapour interface increase the 
probability for the liquid film break-down and direct 
contact of vapour with the wall. Therefore, there 
seems to be no basis for Shah’s recommendations [ 141 
to use Baker’s map [53] for identifying the diabatic 
flow patterns since the region of stratified flows on it 
is even narrower than on Schicht’s map. All in all, 552 
experimental points were processed for the vapor- 
ization region, with only one point deviating from 
correlation (25) by more than 35%. It should be 
pointed out that specifically excluded from con- 
sideration were rather a large number of data on the 
evaporation of freons in long tubes, in which length- 
wise averaged heat transfer coefficients were 
measured, because then important information on the 
change of heat transfer regimes becomes lost. The 

only exception is ref. [36], taken as an example, all 
the rest data refer to lengthwise local heat transfer 
coefficients. The information processing involved 
those data which had been obtained both in the pres- 
ence and in the absence of an adiabatic section 
upstream of the test section. In spite of the fact that 
entrainment in both cases can be quite different, the 
heat transfer coefficient is represented by a single cor- 
relation, equation (25), within f 35%. 

The mean absolute deviation given by 

(26) 

where N is the number of experimental points 
amounted to 12.9%, much in excess of the cor- 
responding values given by other correlations (see 
Table 2). 

Equation (25) is very special in that it predicts an 
increase in the rate of heat transfer with the thermal 
conductivity of the tube wall material. This is con- 
firmed by Fig. 2 in which all the data from Table 1 
are presented. The wall material effect is relatively 
small at the ambient temperature : the predicted heat 
transfer coefficients for water or refrigerants evap- 
orating in a copper tube are about 30% higher than 
in a stainless steel channel ; however, this discrepancy 
increases with a decreasing temperature and attains 
70% for neon and 100% for helium. It should also be 
stressed that, unless precautions are taken in working 
with copper tubes, their surface becomes quickly 
covered with an oxide film, the thermal conductivity 
of which is very close to the thermal conductivity of 
steel. Naturally, the effect of the material then dis- 
appears. It is obvious that, to judge for certain about 
the wall material effect, it is necessary to have exper- 
imental information for tubes made of different 
materials but with identical geometrical charac- 
teristics within the same range of operational par- 
ameters. These results are presented in ref. [25]. They 
demonstrate that heat transfer coefficients for nitro- 
gen evaporating in a copper tube (A, = 248 W 
m-’ K-‘) are 30-35% higher than in a stainless steel 
tube (1, = 8.5 W m-’ K-l). 

Equation (25) predicts a monotonous increase of 
the heat transfer rate with vapour quality up to the 
onset of the crisis (liquid film dryout). Conversely, 
Chen’s and Shah’s correlations predict the existence 
of the maximum heat transfer coefficient at x = 0.80 
and a decrease of LX with a further increase of x. It is 
difficult to imagine the reason for the heat transfer 
decrease at a fixed x regardless of the operational 
parameters and kind of fluid. Moreover, it is necessary 
to emphasize that a decrease of Q with an increase of 
x nearly up to 1 has not been detected experimentally 
either in vertical [26,27] or in horizontal channels [22, 
32, 351, provided the perimeter was entirely wetted 
with liquid. Only a decrease in the circumferentially 
averaged heat transfer coefficient was recorded in hori- 
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FIG. 1. Modified map of flow patterns in a horizontal 
channel. Figures denote flow patterns : 1, bubbly; 2, plug; 
3, stratified ; 4, wavy ; 5, slug; 6, annular. -, Boundaries 
of flow patterns according to Schicht. ---, Boundaries of 
stratified and wavy flow patterns according to Steiner and 

Schliinder. 

zontal tubes where this phenomenon can be attributed 
to the two-phase flow stratification. 

As seen from Table 1, the available experimental 
data cover the range of channel diameters from 1.63 
to 41.3 mm, including the range from 4.47 to 41.3 mm 
for the same liquid (water). A successful correlation 
of all these data with the aid of equation (25), which 
does not contain d, confirms the assumption made in 
the theoretical analysis that two-phase flow vapor- 
ization heat transfer does not depend on the channel 
diameter. 

BOUNDARY BETWEEN NUCLEATE BOILING 

AND FORCED CONVECTION 

VAPORIZATION REGIMES 

In this section a criterion will be presented with the 
aid of which it is possible to determine which of the 
two main types of heat transfer-nucleate boiling or 
vaporization-is dominating for a given fluid with a 

known set of operational parameters. This will be 
based on the natural assumption that the relative role 
of various heat transfer mechanisms can be deter- 
mined by the ratio of corresponding heat transfer 
coefficients. The reference equation for the vapor- 
ization region is taken to be augmented with factors 
that take into account the interface friction and the 
influence of the thermal properties of the wall, i.e. 

Na, N Rez6 Pr,‘13 (pv/pJo.’ (&J~,)“~“‘. (27) 

The choice of equation (14), which describes heat 
transfer in subregime I, rather than a more general 
equation (29, is explained by the fact that the tran- 
sition from nucleate boiling to evaporation occurs in 
this very subregime when, on the one hand, the liquid 
film is thick enough for bubble inception in it and, on 
the other hand, the two-phase mixture velocities can 
be sufficiently high to completely suppress nucleate 
boiling. 

The nucleate boiling heat transfer rate will be esti- 
mated from equation (10). Taking into consideration 
that Pe, = Re, Pr and omitting the numerical 
coefficient, this equation can be rewritten as 

Nub N Re$6 Pry267 Kk5(1,/1,)0.‘5. (28) 

Divide equation (27) by equation (28) ; the resulting 
ratio of heat transfer coefficients is essentially the 
sought-after criterion 

Neglecting the dependence on the thermal prop- 
erties of the wall yields 

Table 2. Comparison of forced convection vaporization heat transfer correlations with experimental data 

Deviation parameter 

Number of points outside 
f 35% range, percentage to 
number of data points 

Mean absolute deviation (%) 

Maximum deviation, 
(q,, - x~J/a,r(%) 

- 

Correlation 

Fluid Present paper Chen 

Water 0.6 29.0 
Freons 0.0 22.6 
Cryogens 0.0 23.0 
All fluids 0.2 24.6 

Water 11.8 23.9 
Freons 13.7 23.2 
Cryogens 13.0 25.1 
All fluids 12.9 24.1 

Water 41 77 
-25 -59 

Freons 33 135 
-34 -48 

Cryogens 35 80 
-35 -61 

All fluids 41 135 
-35 -61 

Total number of experimental points 552 

Shah Styushin 

29.6 27.8 
32.1 61.8 
47.0 46.5 
36.8 46.2 

27.4 35.9 
31.4 54.9 
42.3 85.1 
34.2 58.7 

101 190 
-60 -23 
170 185 

-26 -27 
145 46 

-48 -43 
170 460 

-60 -43 
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FIG. 2. Forced convection vaporization heat transfer rate vs the thermal conductivity of tube wall material. 
For symbols see Table I. 

On the right-hand side of equation (30) reconstruct 
the familiar parameter Bo, which was successfully 
used f9,271 for identifying the two-phase heat transfer 
regimes in water and cryogenic liquid flows. For this 
purpose, raise the right-hand side of equation (30) 
to the power S/3 and take into consideration that 

Bo, = (ReJRe,) (pJp,) ; this yields 

N ca N Bo, I’$” ~“/~,)4/3~~s’6 (31) 

where Nca is a universal parameter of convective boil- 
ing Relation (31) can be considerably simplified. By 
combining equations (18) and (19) the following 
expression can be obtained : 

K* - (~“/~~)I.‘~3 Ply=. (32) 

Substitution of this expression into equation (31) 
yields 

N cB N Bo, Pr;“.045 (pv/p,)o.339. (33) 

By neglecting the inessential dependence on Prandtl 
number and rounding off the exponent at p,/p, to 
l/3, it is possible to finally arrive at a rather simple 
expression 

The convective boiling number, defined by equation 
(34), allows the determination of the predominant 
mode of heat transfer in a two-phase flow ; it is vapor- 
ization when Nca > (Nc& and nucleate boiling 
when NeB < (NC&. To verify this statement and 
to find the particular numerical value of (NC&, the 
expe~mental data from Table 1 (about 1000 points 
referring to both above-mentioned regions) were pro- 
cessed in the form of Nu/Nu, = f(Nc,,) presented in 
Fig. 3. It can be seen from this figure that at 
Nce M 1.5-2.0 x lo4 there is a distinct change of one 
mode of heat transfer by another, with this transition 
being rather a ‘sharp’ one without any prolonged 
transitional region. This latter circumstance and the 
requirement imposed on the accuracy of the com- 
putational relation (at the level of &30-35%) make 
it possible to replace the transitional region by a point 
and to assign to it the value of the critical number Nca 
equal to 1.6 x 104. This value is universal, since it is 
independent either of the kind of &rid, pressure or of 

any other operational parameters varying within very 
wide ranges (see Table 1). 

In the region NcB< 1.6 x 104, where evaporation 
is replaced by nucleate boiling, experimental points 
group rather densely around the line which cor- 
responds to 

Nu/nTu, = 333N;;‘. (35) 

It is of interest that the empirical equation (35) which 
does not rely on any physical model of nucleate boiling 
at all, represents heat transfer in this region almost as 
accurately as equation (25) does in the evaporation 
region. In the author’s opinion, this coincidence is not 
accidental. Really, let equation (35) be transformed 
into the system of dimensionless parameters that 
characterize the process of nucleate boiling. Com- 
bining equations (25), (34) and (35) gives, accurate to 
a coefficient, the following expression : 

Nut, N Re26 Pr:‘6 (pv/p,)o.6 (h,J~,)“~“. (36) 

Expressing pJp, through 4 and Pr] from equation 
(32) and taking into account that Re, = Pe*/Pr,, it is 

possible to obtain finally 

Nub *v Pet” Ko;’ Pri0.39(1,/11)0’w. (37) 

Equation (37) virtually coincides with equation (10) 
obtained on the basis of theoretical analysis of forced 
flow nucleate boiling in tubes [3 11. 

RECOMMENDATIONS FOR APPLICATION 

To calculate heat transfer to a two-phase flow in 
vertical and horizontal channels in the case when the 
perimeter is fully wetted with liquid, the following 
correlations can be used : 

Nu Nu,, with Nc, c 1.6 x lo4 
TP- 

_ 

1 Nu, with Net, > 1.6x 10“ (38) 

where Nus and Nti, are found from equations (10) 
and (25), respectively.? Taking into consideration an 

t The condition (NC&, = 1.6 x lti is satisfied with rather 
a high, but still limited accuracy. Therefore, to exclude the 
unjuatitiable discontinuity in the function cz(x) in the region 
where a, z. g, the higher heat transfer coefficient should be 
selected of the two. 
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e 35% line 

6 

t 

-35% tine 

'103 2 4 6 * 104 2 4 6 8 IO5 2 4 

48 

FIG. 3. Correlation of experimental data on two-phase forced flow heat transfer. Transition from nucleate 
boiling to forced convection vaporization. For symbols see Table 1. 

extremely important role of water in modern engin- 

eering, the correlation suggested by Rassokhin et al. 
[43] for the water nucleate boiling region should be 
preferred, since, according to ref. [44], it represents 
the experimental data in the best possible way. 

Expression (38) describes heat transfer in a ‘normal’ 
situation, when the growth of the two-phase mixture 
velocity ultimately results in a complete suppression 
of nucleate boiling. However, a quite different case is 
possible when a liquid film slows down its motion in 
a two-phase upward flow in large-diameter vertical 
channels. The film thickness increases in this case and 
there is no suppression at all of nucleate boiling. To 
this specific region, occurring, according to the 
author’s observations, when Fr, c 10, there cor- 
responds the equation 

NuTp = Nub (39) 

for any values of NCB, whereas the region of the appli- 
cability of equation (38) is restricted by the condition 
Fr, > 40. When 10 < Fr, < 40, transitional modes 
of heat transfer take place. 

All what has been said so far have related to the 
case when the single-phase convection contribution to 
the total heat transfer was relatively small. When the 
role of single-phase convection becomes appreciable, 
the total heat transfer is determined by a simple super- 
position correlation [45] 

tlz = (&+&..“3 (40) 

where txFC is the ‘all-liquid’ heat transfer coefficient 
based on the total flow rate G for the given flow regime 
corresponding to the Reynolds number, Re = Cd/p,. 

The correlations obtained in the present work 
include altogether eight thermal properties of fluid 
and channel wall material. The accuracy of cal- 
culations by these correlations depends, to a con- 

siderable degree, on the reliability of information 
about the thermal properties ; the use of outdated 
sources may result in considerable errors. This can be 
illustrated by an example: according to the data of 
ref. [46] the Prandtl number of liquid nitrogen at 

ps = 1 bar is equal to 2.08, while the up-to-date pub- 
lications [47-49] report the value 2.61! Yet, the data 
of ref. [46] are in use even in comparative inves- 
tigations of various predictive correlations [14] and 
this can result in incorrect conclusions. Therefore, it 
is strongly recommended that the use of the data 
obtained prior to 1976 be avoided in responsible cal- 
culations. Preference should be given to the data cer- 
tified by the State Service for Standard Reference 
Data of the U.S.S.R. and by the National Bureau of 
Standards of the U.S.A. 
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UNE FORMULE GENERALE POUR LE TRANSFERT THERMIQUE DANS LES 
ECOULEMENTS FORCES DIPHASIQUES 

R&ann&On propose une formule generale pour le transfert de chaleur avec vaporisation en convection 
for&e dans les canaux verticaux ou horizontaux, avec le perimetre complbtement mouille. Elle reprbente, 
avec un &cart moyen absolu de 12,9%, des don&es experimentales pour neuf fluides differents (eau, Freons, 
cryogtniques) dans les domaines de variation des parametres suivants : pression 0,61-30,4 bar, debit-masse 
502690 kg m-* s-‘, qualite de la vapeur 0,017-100, diametre du canal 1,6341,3 mm. Le transfert 
thermique par vaporisation depend de la conductivite thermique du matirlau constituant la paroi du canal. 
On suggtre un critere d’ebullition convective pour determiner le mode dominant de transfert de chaleur : 
ibullition nucltie ou evaporation. On donne des recommandations pour le calcul du transfert thermique 

pour un bcoulement diphasique en presence des deux mtcanismes. 

VERALLGEMEINERTE BEZIEHUNG FUR DEN WARMEUBERGANG BE1 
ERZWUNGENER ZWEIPHASENSTROMUNG 

Znsammenf~ng-Eine verallgemeinerte Beziehung fiir den Warmeiibergang bei der Verdampfung unter 
erzwungener Konvektion wird vorgeschlagen. Sie ist sowohl fiir vertikale als such horizontale Kanlle mit 
vollstindig benetztem Umfang giiltig. Die Beziehung gibt mit einer mittleren Abweichung von + 12,9% 
experimentelle Daten fiir neun verschiedene Fluide (Wasser, Freone, kryogene Fluide) in den folgenden 
Parameterbereichen wieder : Druck 0,61-30,4 bar ; Massenstromdichte 50-2690 kg me2 s-’ ; Dampfgehalt 
0,017-1,O und Kanaldurchmesser 1,63-41,3 mm. Der Wiirmeiibergang bei der Verdampfung hangt vom 
Wiirmeleitvermijgen des Kanalwandmaterials ab. Ein allgemeingiiltiges Kriterium fiir das Sieden bei 
erzwungener Konvektion wird vorgeschlagen, welche die vorherrschende Art des Wirmeiibergangs 
bestimmt : Blasensieden oder stilles Sieden. Es werden Empfehlungen fiir die Berechnung des Wiirme- 

iibergangs bei Zweiphasenstrijmungen fiir beide WIrmeiibergangsmechanismen gegeben. 

O606lJJEHHOE COOTHOILIEHME AIDI PACXETA TEl-IJIOOTAAsH K ABYXc9A3HOMY 
I’IOTOKY HPM BbIHmEHHOti KOHBEKHHH 

Amrorau#n--Honyveno o6o6memroe coorriome?nre ana paclrera ren.noornaYir nprr rrcnapenrrrr B ycno- 
BHIlX BbniyaC~eHHOfi ICOii~KI&IfEi,ClIpaBeLlJlHBOe LUIP BepTHKUlbHbIX B TOPH30HTUlbHblX KBHUIOB C nOJI- 

HOCTblO CMO'leHHbIM nepm@ZTpOM. COOTHOUIeHHe CO CpeiUiHM i36CO.JllOTtibIM OTKJIOHeHHeM 12,9% 

OnHCblBaeT 3KClIepHbleHT&-lbHble~HiibleAJlli~eB~TH paznH¶HblXursrocrel(BOna,~peoHar,LpHOTeHbI) 

B cnenymueM miana3oHe OCHOBH~IX napaMerpo8: mnnernre 0,61-30,4 6ap, MBCCOB(III cnopocrb 50-2690 
Kr/M* C, napOCOilepXCaHHe 0,017-1,00, IlHaM~lCKlWta 1,63-41,3 MM. YCTaHOBJteHO,¶TOHHTeHCHBHOCTb 
TCIIJlOOTJWIH IIpH HClIaPeHEH 3iSBHCHT 07 TeIlJlOlIpOBOAHOClIi MaTepHUla CTeHHH EaHaJla. Paspa6oTaH 

yHme.pCa.nbHwii Ep~Tep~ti KOHW~ITHBHOTO raneHsin,onpenemnou@,raroP ~3 myx OCHOBH~R: nHp0B 

TeILIIOO6MeHa:ny3bIpbKoBOeKHIIeHXe m H~~~~~H~~~~~~~~TC~AOMBHIIPYIOIIPIM.A~P~K~M~HIISUUIH 

MS pWWTa TeMOOTA;L¶H K AByX@3ttOM)’ IIOTOK)’ IIPH Ii- 060~~ yrnuamrbrx BWOB rermoo6- 
hseria. 


